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Solids motion and solids mixing behavior are important in many fluidized-bed appli-
cations, and yet, in the evaluation of hydrodynamic similarity criteria, relatively few
studies have considered these phenomena directly. This work reports on a series of
physical experiments involving solids motion and solids mixing undertaken in a number
of freely bubbling fluidized beds scaled using the “‘simplified”scaling criteria. In the first
set of experiments, the motion of large neutrally buoyant particles in bubbling beds of a
finer material was compared using a simple float-tracer experiment in beds that were
300 mm, 600 mm, and 1,560 mm in dia. The distribution of circulation times for the
float-tracers was found to scale well across the majority of gas velocities considered
when the scaling law was followed, but discrepancies were noted when either the bulk
bed material or large tracer particle sizes were mismatched. These results demonstrate
that the circulation of large neutrally buoyant particles within the correctly scaled bub-
bling beds is indeed a “scaleable” phenomenon across a wide range of bed sizes, and
this has useful consequences for fluidized-bed applications involuing floating bodies. In
the second set of experiments, solids downflow velocities were compared in scaled
beds that were 146 mm and 300 mm in dia. using a novel application of
electrical — capacitance tomography (ECT). The measured solids downflow velocities
showed qualitative agreement with the scaling law and correlations in the literature. The
novel tracer technique was only moderately successful in this application, but is worthy
of further investigation, as the approach may serve to enhance the capabilities of existing

ECT equipment.

Introduction

The extent of solids mixing in bubbling fluidized beds is an
important factor in their design for many applications. Mix-
ing affects heat transfer, mass transfer, and can significantly
influence the overall reaction rate in a fluidized-bed reactor.
In bubbling fluidized-bed coal combustors, the motion of the
larger and lighter coal particles within the bulk bed material
will have consequences for the combustion behavior (Agarwal
and LaNauze (1989); Prins et al. (1989); Hesketh and David-
son (1991)). Therefore, the effect of a change in bed size on
the motion of bed materials and large particles is an impor-
tant scale-up consideration in the many processes where these
phenomena play a role.

Historically, the effect of a scale change on bubbling-bed
behavior has received much attention over the years, and in
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the early 1980s hydrodynamic similarity criteria were recog-
nized as a possible way of predicting the physical behavior of
a large bubbling fluidized bed based on measurements made
in a small one. These so-called scaling laws took the form of
a set of dimensionless groups which, if maintained constant
in two different-sized bubbling beds, should ensure that the
physical phenomena occurring in the beds was scaled with
their size.

Fitzgerald and Crane (1980) were one of the first to sug-
gest and experimentally test this approach, which was further
evaluated in a subsequent study (Fitzgerald et al., 1984).
Glicksman et al. (1984) also proposed a similar set of dimen-
sionless groups, but his approach allowed the cases of iner-
tial-dominated and viscous-dominated flow to be considered
separately, resulting in simplifications to the set of dimen-
sionless groups under those conditions. Horio et al. (1986a)
suggested an alternative form of scaling relationship ex-
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pressed as a pair of equations. This was later shown (Glicks-
man, 1988) to be equivalent to the viscous-dominated version
of Glicksman’s scaling relationships. The importance of the
solid-to-gas density ratio was pointed out by Glicksman et al.
(1993). Farrel et al. (1998) experimentally demonstrated the
failure of the viscous-dominated scaling law under conditions
in which the solid-to-gas density ratio was mismatched and
the particle Reynolds number exceeded Re,=4 (the ac-
cepted limit for the viscous-dominated regime).

It is perhaps appropriate at this point to clarify what is
generally meant by the term “simplified scaling law” as it re-
lates to the inclusion of the solid-to-gas density-ratio parame-
ter. The literature is somewhat confusing, because the scaling
relationship of Horio et al. (1986a) does not explicitly require
the solid-to-gas density ratio to be matched between the two
scaled systems, yet it has often been experimentally evaluated
in systems using the same solids type and fluidizing gas, thus
maintaining a constant solid-to-gas density ratio inadver-
tently. So, in fact, the term “simplified scaling law” most
commonly refers to the Horio scaling criteria plus the addi-
tional requirement of matching the solid-to-gas density ratio,
or expressed in another way: the viscous-dominated version
of the Glicksman groups plus the solid-to-gas density ratio
(which is the form specifically developed and referred to as
the simplified scaling law in Glicksman et al. (1993)). In sum-
mary (and omitting for the moment the additional particle-
related requirements of similar size distribution and spheric-
ity) the simplified scaling law for bubbling fluidization can be
expressed

e Based on the form of Horio et al. (1986a), as

U, - Umf2 = ‘/E(Ul - Umfl)
Umf2 =‘/;Umfl

similar bed geometry (1)
Ps1 _ Ps2
Pr1 Pr2

where this last requirement has often been satisfied inadver-
tently by having systems where p,, = p,; and ps, = py; by us-
ing the same gas and solid material at both scales.

e As suggested by Glicksman et al. (1993) (for bubbling
fluidization)

U2 Ll Ps

v @)
gL’ Umf" Lz’ Pr

Both Egs. 1 and 2 are equivalent, from a simple extension of
the equivalency demonstrated by Glicksman (1988). Note that
in this work we will consider the simplified scaling law in the
form in which it is expressed in Eq. 1.

Now, before such scaling criteria can be applied with confi-
dence in a “real” situation, experimental verification is re-
quired in order to check that fluidized systems operated in
accordance with the proposed criteria do in fact exhibit scaled
behavior. To this end, the proposed bubbling-bed scaling laws
in their various forms were experimentally verified in a num-
ber of different scale change scenarios by their proponents
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and other workers, with some encouraging results. Generally,
the verification has involved comparisons of bubble-related
measurements such as pressure fluctuations (Nicastro and
Glicksman, 1984; Roy and Davidson, 1989; Leu and Lan,
1992), visual bubble analysis (Fitzgerald and Crane, 1980;
Horio et al., 1986a; Newby and Keairns, 1986) and local
voidage fluctuations (Almstedt and Zakkay, 1990). In a prac-
tical sense, bubble-related measurements are often easier to
carry out and compare quantitatively, but the question arises
as to whether similarity in these measurements really demon-
strates similarity in solids mixing. For this to be the case, the
assumption must be made that solids mixing phenomena are
completely controlled by bubble behavior in the bed, and all
the bubble characteristics (including wake and drift fractions)
have scaled correctly. While this assumption may indeed be
valid, direct examination of the motion of solids in systems
scaled using similarity criteria is necessary to confirm it.
However, to date, no verification of the full set of scaling
laws appears to have been carried out using solids mixing
techniques, and we could only identify two studies that con-
sidered the motion of solids in relation to scale change with
the simplified scaling laws. These studies are considered be-
low.

In their original development, Horio et al. (1986a) showed
that their scaling law was in agreement with some models for
radial and axial solids dispersion. Subsequently, Horio et al.
(1986b) tested the application of the simplified scaling law to
solids mixing behavior. They measured the radial dispersion
of tracer solids and radial and axial dispersion of large, neu-
trally buoyant particles in beds from 50-mm to 600-mm dia.
using a transient response/bed sectioning technique. The
agreement of the results was encouraging, and this study also
represents the largest bed size in which similarity of solids
mixing has been considered so far. However, their experi-
mental comparison suffers from the shortcoming that no de-
liberate mismatch experiment was performed. So there is no
way to be sure that agreement of the results confirms the
success of the scaling criteria, or whether the particular mea-
surements being compared would have been generally similar
in bubbling fluidized beds anyway.

In a more recent study, Stein et al. (1998) used positron
emission particle tracking (PEPT) to follow the motion of a
single tagged bed particle in several air-fluidized bubbling
beds (70-mm to 240-mm dia.) that appear to have been scaled
using the viscous-limit scaling parameters in one comparison
and the simplified scaling parameters in another. A compari-
son of solids circulation frequency produced reasonably simi-
lar results in the cases presented, and compared favorably
with the inverse of bed turnover time as estimated using the
correlations of Kunii and Levenspiel (1969) and Baeyens and
Geldart (1986). Similarity broke down for the smallest col-
umn, which was found to be slugging. Again, no deliberate
mismatch was reported on, and the agreement of the systems
in which the density ratio was not matched is cause for con-
cern, as it appears to be in contradiction with the recommen-
dations of Glicksman et al. (1993) and Farrel et al. (1998),
since the systems were operated at particle Reynolds num-
bers well beyond that of the viscous regime (that is, Re,, > 4).

Given that the success of the simplified scaling law with
respect to solids motion is still somewhat speculative, the
present investigation was undertaken in order to test the sim-
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plified scaling laws over a larger scale change than had been
done previously, and explore deliberately mismatched scenar-
ios to confirm that agreement of our measurements was in-
deed a direct result of matching the similarity criteria. It was
also an opportunity to trial the existing electrical—capaci-
tance tomography (ECT) system for solids motion studies and
to augment pressure fluctuation comparisons carried out pre-
viously on the same bubbling-bed equipment (Sanderson et
al., 2001).

In this work, the solids motion comparisons take the form
of circulation time distributions for neutrally buoyant large
particles in the 300-mm, 600-mm, and 1,560-mm beds, and
solids downflow velocities for the bulk bed material in the
146-mm and 300-mm beds. All beds were geometrically simi-
lar cold models and employed scaled bubble-cap distributors.

Similarity in the Motion of Large Neutrally Buoyant
Particles

Background

Apart from the study of Horio et al. (1986b), the motion of
larger and lighter particles has not been considered with re-
gard to hydrodynamic similarity criteria. Horio et al. pre-
sented an equation of motion for a floating body in order to
demonstrate the theoretical possibility of the dimensionless
object motion being identical in scaled fluidized beds, and we
will now consider some observations of large-particle behav-
ior from other studies for possible consistency with the sim-
plified scaling laws.

It has been observed that objects with a density near that
of the bulk emulsion at minimum fluidization conditions cir-
culate throughout the whole of a bubbling bed (for example,
Nguyen and Grace, 1978), although flat objects have a greater
tendency to settle to the distributor, particularly at low gas
velocities (Nienow et al., 1978). For large objects with a den-
sity that promotes their circulation throughout the bed, the
object is carried upwards to the bed surface in an irregular
fashion under the influence of rising bubbles, and moves
downwards under the influence of the dense phase (Nienow
et al.,, 1978; Lim and Agarwal, 1994). Because they are af-
fected by bubble and solids behavior, the motion of these
large, neutrally buoyant objects has been used in hydrody-
namic studies. For example, Merry and Davidson (1973) used
a large “radio-pill” as a tracer in an experimental investiga-
tion of gulf-streaming; and Bellgardt and Werther (1986) used
subliming dry-ice pellets to study solids mixing.

Lim and Agarwal (1994) studied the motion of large, neu-
trally buoyant objects in a two-dimensional bed, relating the
upwards and downwards velocities of the object to the aver-
age measured bubble rise velocity (Ug) and the solids down-
flow velocity (U,,). They observed that the objects moved
upwards under the influence of rising bubbles, and did so in
a hesitating fashion, prompting them to characterize the up-
wards motion with two measures of upwards velocity. The
average rise velocity of the object was found to be about
0.07Ug, but the average upwards velocity component of the
object (that is, excluding the time spent in hesitating motions)
was closer to 0.3Ug. The object descended at a velocity com-
parable with the solids downflow velocity (U, ). These results
were in good agreement with the results of the previous
three-dimensional (3-D) work of Rios et al. (1986), and
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Nienow et al. (1978). Given the consistency of these studies,
the observed relationship of Lim and Agarwal between the
upwards and downwards velocities of the body compared with
that of bubbles and bulk solids may hold generally for bub-
bling beds. If that is the case, then the upwards and down-
wards velocities of the large particle should scale according
to the scaling laws if the bubble rise velocity and solids down-
flow velocities do. Hence, the motion of the large particle can
be used as a test for hydrodynamic similarity.

In the present work, we compare the dimensionless circu-
lation time distribution of large, neutrally buoyant particles
in the scaled fluidized beds as a test of hydrodynamic similar-
ity. This measurement, taken by recording the time between
successive appearances of a large particle at the bed surface,
is a function of the upwards and downwards velocities of the
particle, and the proportion of time spent traveling in each
direction. Although the large-particle velocities cannot be
calculated directly from this measurement alone, we can use
the circulation time distribution as a hydrodynamic indicator
(rather like the way in which pressure fluctuations are often
used in hydrodynamic comparisons). It is clear that if the mo-
tion of the large particle has not scaled correctly, then the
distribution of resulting circulation times will not scale either.

Experimental

In this part of the investigation three air-fluidized bubbling
beds of Geldart B silica sand (particle sphericity approxi-
mately 0.86) were employed. (Particle-size distributions for
all bed and tracer materials have been presented in Sander-
son, 2003.) They were of a cylindrical cross section, with di-
ameters of 300 mm, 600 mm, and 1,560 mm. Bed aspect ra-
tios were scaled, with H,/D = 0.67:1. All beds employed geo-
metrically similar bubble-cap distributors designed to provide
a minimum pressure drop of at least 0.3 times the bed pres-
sure drop at the lowest gas velocity investigated (U/U,,,
1.25). Each distributor used 18 bubble caps in a triangular-
pitch arrangement. The central location was reserved for a
solids-drain port (except in the 600-mm bed where solids were
drained through a side opening). Distributor details are pro-
vided in Figure 1a.

The setup for investigating the circulation time distribution
for the large particles is shown in Figure 1b. Three tracers
with identical diameter and density (but different color) were
placed into a given bed for each experiment. For our experi-
ments, we define the circulation time as the time between suc-
cessive appearances of a given tracer at the bed surface. The
appearance and disappearance of the float tracers at the bed
surface was recorded using a video camera mounted in the
freeboard region. The camera was contained in a sealed
housing (of the type normally used for underwater filming) to
prevent solids ingress into the mechanism. The size and den-
sity of the float tracers for the correctly scaled similarity ex-
periments were as specified in Table 1. The tracers were made
from ping-pong balls loaded with sand and polythene (1,560-
mm bed) and wooden balls loaded with several grains of lead
shot sealed into a diametral hole (600-mm and 300-mm beds).

The bulk densities of the bed materials shown in Table 1
were calculated based on the measured bed height for a
known mass of solids in a preliminary small-scale test of each
material. Because the density ratio of the large particle to
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BASE PLATE
BUBBLE-CAP

SOLIDS DRAIN
PORT

DIMENSIONS: A B C D E
(146 mmBed) (30 52 60 19 16)

300 mm Bed 59.5 104 120 38 30
600 mm Bed 119 208 240 N/A 57
1560 mm Bed 310 540 625 100 150
(@)
TO EXTERNAL /\
MONITOR AND VIDEOCAMERA (WITH
VIDEOTAPE R UV FILTER) IN SEALED
yay HOUSING

Y /] _ ULTRAVIOLET
FLUORESCENT LIGHTS

BUBBLING BED WITH
DIFFERENT COLOURED
FLUORESCENT FLOAT
TRACERS

®

Figure 1. (a) Detail of the scaled bubble-cap distributor
design employed at all bed scales (note that
data for the 146-mm bed distributor (used in
solids downflow velocity experiments) have
also been included); (b) experimental tech-
nique for monitoring the circulation of large
neutrally buoyant particles in bubbling flu-
idized beds of 300-mm, 600-mm, and
1,560-mm dia.

The camera was set up so that the field of view was wide
enough to cover the entire bed surface when fluidized; the
height of the lamps was then adjusted so that they were just
clear of frame.

bulk bed material was not perfectly matched in all cases, a
preliminary experiment was performed in the 1,560-mm bed
with large particles of various densities. It was found that
within the range considered (1,310 to 1,410 kg/m?), the
large-particle density had very little effect on the circulation
time distribution. This is in agreement with other workers,
for example, Merry and Davidson 1973), and demonstrates
that the small density differences present in our similarity
experiments can be safely ignored.

Each float tracer was painted with a different color fluo-
rescent paint (red, green, and blue), and the bed surface was
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Table 1. Float Tracer Specifications for Hydrodynamic
Similarity Experiments

D (mm) 1,560 600 300
D, (mm) 37.8 14.6 7.3
D/D, 413 41.1 41.1
o, (kg/m>) 1,360 1,350 1,350
Pedims) 1,570 1,570 1,540
P/ Phedimp) 0.866 0.860 0.877

Note: D refers to bed diameter; D, is the tracer diameter; p, is the tracer
density; and pyeqmy is the estimated density of the bed materials
at minimum fluidization.

illuminated with “soft” ultraviolet light from blacklight fluo-
rescent tubes, so that each time a tracer appeared at the bed
surface it could be easily and clearly distinguished in the video
images. Three tracers were used to increase the number of
statistics generated. The time between appearances of a given
color tracer was logged from the videotape for different oper-
ating conditions using the following procedure.

The times at which a tracer appeared at the bed surface
were logged in real-time during the video playback of each
experiment by recording the state of three momentary push-
buttons (one button for each tracer color) using a data-
acquisition PC sampling at 5 Hz. (That is, as each colored
tracer appeared at the bed surface, the observer momentarily
pushed the appropriate button to record the appearance.) The
resulting time series of square-wave pulses could then be used
to determine the time spent by the tracers below the bed
surface by measuring the time-differential between rising
edges of each successive square wave.

Figure 2 shows the procedure graphically, from which it
can be seen that the recorded time below the bed surface will
approximate the actual time below the bed surface if:

(a) The time at the surface is short compared with the time
below the surface, and

(b) The observer reaction times are short and/or constant.

xZ ATBED _|
w O  SURFACE
OkE
Sa
O BELOWBED
F & SURFACE
| /)
TIMEAT  ACTUAL TIME BELOW BED Increasing Time
ISURFACE SURFACE
w
=
;2 ON —
%)
8
OFF
-
=
2 )
m
_—
Increasing Time
i >

OBSERVER
REACTION RECORDED TIME BELOW

TIME BED SURFACE

Figure 2. Graphical representation of the float-tracer
logging procedure.

Upper chart refers to the actual location of the large tracer;
the lower chart refers to the recorded signal from the push
button. The recorded time below the bed surface will ap-
proximate the actual time below the bed surface if the ob-
server reaction time is short and/or constant, and the time
at the surface is short compared with the time below the
surface.
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Table 2. Operating Conditions for the Float Tracer
Circulation Time Similarity Experiments

Mean Bed Material

Bed Dia. Particle Dia. U/U,.¢
D (mm) dg, (pm) U,;(m/s) Range D/D, ty,
1,560 479 0.127 1.27-3.85 413 90
600 326 0.07 1.32-3.81 41.1 60
600 479 0.127 1.25-3.85 41.1 60
300 286 0.058 1.27-3.85 41.1 45
300 286 0.058 1.27-385 20.5 45

Note: Within the U/U,,, range stated, 8 different velocities were consid-
ered. “t.,,” refers to the duration of each experiment in minutes.

It was observed that the time spent by the tracers on the
bed surface was very short compared with the time spent in
the bed (by a factor of at least 10). Also, the time spent by
the tracers in the bed was very long compared with the reac-
tion time of an observer watching the taped images (0.2 to 0.3
s). Thus, requirements (a) and (b) were satisfied.

Typically over 300 circulation events were logged (total for
the three tracers) for each gas velocity considered. The oper-
ating conditions for which the circulation times of the large
particles were measured are given in Table 2.

Apart from the correctly scaled conditions investigated in
the three beds, two misscaled scenarios were also explored.
In one set of experiments, the bed material in the 600-mm
bed was replaced with material from the 1,560-mm bed; in
another set of experiments, the larger tracers from the 600-
mm bed were used in the 300-mm bed.

To compare the results from the large tracer particle ex-
periments, the tracer particle circulation times were dis-
tributed into bins in a histogram-style format, and the result-
ing distributions were then normalized by dividing the num-
ber of cycles falling into a given bin range by the total num-
ber of cycles over the whole range. (Note that bin widths must
be scaled by Vm in order to make a meaningful comparison;
the bin width times used to present results were 3.22, 2, and
1.41 s in the 1,560-mm, 600-mm, and 300-mm beds, respec-
tively). The time-scale was nondimensionalized by relating
time to two scaled-bed properties, the bed diameter, and the
particle minimum fluidization velocity

t*=t(%) (3)

Results and discussion

Figure 3 shows the circulation time distribution compari-
son for the intermediate gas velocity U/U,,, = 2.74, which was
a typical result. The distributions compare well, showing a
similar peak dimensionless circulation time in all three flu-
idized beds for this gas velocity. The size of the peaks are
also similar, indicating that the distribution of circulation
times for the float tracers within each bed are indeed very
similar under these conditions. This sort of agreement in dis-
tribution size and shape was typical for the majority of the
gas velocities considered.

The only significant departure from the similarity in float
tracer circulation behavior occurred at the lowest gas velocity
considered, U/U,,, =1.27. Figure 4 shows this. Float tracers
in the smaller two units disappeared at random for much
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Figure 3. Comparison of the dimensionless circulation
time distribution for geometrically scaled float
tracers in scaled fluidized beds at U/U,,; =
2.75.

Solids line: D =1,560 mm, U/U,,r = 2.76. Dotted line: D =
600 mm, U/U,, ;= 2.74. Dashed line: D =300 mm, U/U,,,; =
2.72.

longer times than their equivalents in the larger bed, which
exhibited relatively regular and quite short circulation times.
Under these operating conditions, the gas velocity is slightly
lower than that required to ensure continuous tuyere opera-
tion (Whitehead and Dent, 1967), so there is a possibility of
float tracers becoming trapped in stagnant solids for ex-
tended periods of time. Occasionally, during a run at low ve-
locity one of the float tracers would disappear permanently;
this occurred at least once at all scales and was thought to be
due to the tracer becoming lodged in permanently stagnant
solids between tuyeres or in the defluidized “corners” be-
tween the distributor plate and the vessel wall. The tracer
could only be recovered in such cases by stopping the experi-
ment and increasing the gas velocity significantly (to > 3U,, )
for a short time until all tracers could be seen appearing at
the bed surface once again.

At the highest velocity considered (U/U,,; = 3.85), the dis-
tributions were still well matched, as Figure 5 shows. The

0.2

0.1 ]

Normalized Number of
Occurrences

0 5 10 15 20 . 25 30
Dimensionless Circulation Time (t)

Figure 4. Tracer circulation time distributions for the
lowest gas velocities studied (U/U,,; = 1.27).

Solids line: D =1,560 mm, U/Um,: 1.28. Dotted line: D =
600 mm, U/U,,; = 1.32. Dashed line: D =300 mm, U/U,,, =
1.26.
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Figure 5. Comparison of the dimensionless circulation
time distribution for geometrically scaled float
tracers in scaled fluidized beds at U/U,,; =
3.85.

Solids line: D =1,560 mm, U/U,,, = 3.84. Dotted line: D =
600 mm, U/U,,; = 3.82. Dashed line: D =300 mm, U/U,,; =
3.85.

results for all gas velocities have been summarized in Figure
6, which shows the peak dimensionless circulation time for
each bed at each gas velocity.

Examples of the results for the misscaled cases are shown
in Figures 7 and 8. The trends were clear at all except the
lowest gas velocity (again, likely to be a result of intermittent
tuyere operation). The coarser bed material resulted in a
broader distribution of circulation times with a longer peak
circulation time (Figure 7), and the larger float tracer re-
sulted in a significantly narrower distribution of circulation
times with a shorter peak circulation time (Figure 8). The
sensitivity of the tracer particle behavior to bed material size
and tracer particle diameter demonstrates that the tracer
particle circulation time distributions can correctly discrimi-
nate between scaled and misscaled conditions. In other words,
the tracer behavior is not inherently similar in bubbling beds,
but is a scaleable phenomenon.

3
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g e A
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[}
8 s L]
- . » ¢ .
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g o | | [ | A
0.5 L8 .
n
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Dimensionless Superficial Gas Velocity (U/U,)

Figure 6. Peak circulation times for float tracers in the
correctly scaled fluidized beds at all gas ve-
locities considered.

Squares: D =1,560 mm. Diamonds: D = 600 mm. Triangles:
D =300 mm.
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Figure 7. The effect of using a coarser bed material for
the same bed diameter, float tracer size, and
Usu,, (dimensionless superficial gas veloc-
ity).
The original material in the 600-mm bed (solid line, U,,, =
0.070 m/s) was replaced with material from the 1,560-mm
bed (dotted line, U,p=0.127 m/s), with the bed then oper-
ated at the same U/U,,, (approximately 2.74). The dimen-
sionless circulation time distribution results for the mis-

matched bed material are compared with those from the
original bed material, also fluidized at U/U,,,, = 2.74.

Similarity in Solids Downflow Velocity
Background

There is some evidence to suggest that the solids downflow
velocity in a bubbling bed follows the scaling laws. As has
already been pointed out (Horio et al., 1986a), a number of
bubble-diameter correlations show consistency with the sim-
plified scaling law, and the many experimental verification
studies involving bubble-related measurements mentioned
earlier tend to support the view that bubble characteristics
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-
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Figure 8. The effect of using a larger float tracer (dotted
line, D/ D, = 20.5) on the dimensionless circu-
lation time distribution results, compared with
the original size used in the similarity experi-
ments (solid line, D/ D, = 41.1) for the 300-mm
bed fluidized at U/U,;=2.72; in this case
only the large particle size has changed, all
other operational parameters are identical for
both runs.
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do scale correctly when using the simplified scaling criteria.
The often seen expression for rise velocity of a single bubble
(for example, Kunii and Levenspiel, 1991; Clift and Grace,
1985) in which the rise velocity is proportional to the square-
root of bubble diameter is also consistent with the scaling
law. Now, solids downflow velocity has been related to bub-
ble characteristics by a number of workers. Consider, for ex-
ample, the correlation of Kunii and Levenspiel (1969), which
relates solids downflow velocity to bubble rise velocity by

BueyU

U , =
s Bw €p

)

1—¢,—

If the dimensionless ratios B, (wake fraction) and e, (visi-
ble bubble fraction) are invariant with a scale change made
in accordance with the scaling laws, then the solids downflow
velocity will scale in proportion with the bubble rise velocity,
U,, and, therefore, be consistent with the scaling law. Note
that in their treatment, Kunii and Levenspiel (1969) account
for the difference in rise velocity between a single bubble
(U,,) and multiple bubbles (U,) by

Uy=(U-U,;)+U,, ®)

Similarly, in the correlation for downwards solids particle
velocity as given by Baeyens and Geldart (1986)

B, +0.388,

U.
»— €( Byt By)

sd =
s 1—€

YI(U=Uy)  (©)

if the various dimensionless fractions (that is, bubble fraction,
wake fraction, and drift fraction and the value Y used to ac-
count for the visible bubble fraction being less than predicted
by the simple two-phase theory) are all invariant (or close to)
with scaling-law scale change, then the first bracketed term
of Eq. 6 becomes constant. Thus, solids particle velocity
should again scale in direct proportion with excess gas veloc-
ity, consistent with the scaling law.

Note that for Eq. 6, it is the value of Y (proportion of
excess gas traveling in the form of bubbles) that has the most
significant effect. Although Y is found to be a function of the
particle diameter (plotted as a function of Archimedes num-
ber by Baeyens and Geldart (1986)) for the range of particle
diameters considered in this study, it is virtually constant, and
the value given by Werther (1978, 1983) of Y = 0.67 is appro-
priate.

The potential agreement of the preceding examples with
the simplified scaling law is encouraging. So in addition to
the large neutrally buoyant tracer particle study, we at-
tempted to experimentally measure solids downflow velocity
in two scaled fluidized beds using a novel application of ECT.

Experimental

The ECT system (UMIST PTL 300 with 12 measurement
electrodes) uses the differences in dielectric constant (or per-
mittivity) of the solids and the fluidizing gas to distinguish the
emulsion from the bubbles in imaging gas fluidization. It fol-
lows (in theory) that the device should be equally capable of
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resolving two solids with sufficiently different dielectric con-
stants. Readily available materials with different dielectric
constants were silica sand and glass ballotini. Initial testing
with the ECT unit indicated that the relative difference in
the measured capacitance of a packed bed of each material
was sufficient to be able to distinguish tracer solids (glass)
from bed material (silica sand).

The approach for inferring a solids downflow velocity was
to add a set amount of ballotini tracer to a small region in
the radial center of the fluidized-bed surface and look for
subsequent changes in the tracer concentration registered at
the ECT electrode height. The apparatus is given in Figure 9,
with the system being applied to geometrically similar flu-
idized beds of 146 mm and 300 mm in diameter with aspect
ratios of H,/D = 2:1. Geometrically similar bubble-cap dis-
tributors (see Figure la) were used. From our observations,
the absence of a tuyere in the center of these distributors
tends to promote solids downflow at the radial center of the
bed. The axial length of the measurement electrodes was 50
mm and 152 mm in the 146-mm and 300-mm beds, respec-
tively; ideally, this corresponds to the axial thickness of the
bed that is scanned by the ECT system. Importantly, the axial
center of the measurement electrodes was located at very
close to the same dimensionless height above the distributor
in each bed (150 mm and 300 mm in the 146-mm and 300-mm
beds, respectively).

A response profile was generated by averaging the mea-
sured concentration values across the ECT measurement
cross section every tenth of a second. A 2-s moving average
was then applied to the data to smooth out the higher fre-
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Figure 10. Typical transient tracer response for the ad-
dition of ballotini tracer (at t =100 s) to a
146-mm-dia. bubbling bed of sand, mea-
sured with the ECT system.

(a) Two-s moving average applied to the spatially averaged
ECT system output. One hundred percent on the y-axis
would correspond to a packed bed of tracer only; 0% cor-
responds to an empty vessel. (b) Reconstructed images
from the ECT data showing (i) the initial bubbling bed of
sand, (ii) the clump of descending tracer in the measure-
ment volume, (iii) the bubbling-bed mixture of sand and
ballotini after the new steady-state tracer concentration is
reached in the ECT measurement volume.

quency “bubble noise” (as the ECT system is sensitive to bub-
ble as well as tracer fluctuations). The resulting transient
tracer response profile for a typical run is shown in Figure
10a, with some reconstructed frames of the bed cross section
shown for various times in Figure 10b. These results are qual-
itatively similar to tracer response profiles obtained by previ-
ous workers (for example, Avidan and Yerushalmi, 1985), and
also agree with the evidence from another study (Fitzgerald
et al., 1977) that the tracer solids tend to move downwards in
clumps.

On the basis of this observation, it is reasonable to assume
that the largest value (the peak) in the transient tracer re-
sponse profile will correspond to the largest quantity of tracer
solids spanning the axial center of the ECT measurement
volume. In the current context, the delay from tracer addi-
tion to measurement peak can be defined as the time taken
for the “average” solids to reach the axial center of the ECT
measurement volume as a clump. From this, and a knowl-
edge of the distance between the measurement electrodes and
the bed surface, an approximate solids downflow velocity can
be calculated. In order to account for the variation in solids
mixing behavior from one run to the next [a problem re-
ported by many workers (Fitzgerald et al., 1977; Farrel, 1996;
Valenzuela and Glicksman, 1984), multiple runs were per-
formed. Analysis of these runs was then carried out by taking
the full set of transient tracer response profiles generated for
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Table 3. Operating Conditions and Tracer/Bed Material
Combinations for the Solids Downflow Velocity Similarity
Experiments

Bed  Tracer
Bed Dia. Material d,, U,y Unr U
D (mm) d, (pm) (pum) (mpm) ms) (mss) U0, py

Pair1 146 230 269  0.039 0.048 0.056 1.44
300 286 347  0.058 0.079 0.084  1.45
Pair2 146 304 269  0.046 0.048 0.066  1.43
300 326 347 0.070 0.079 0.100  1.43

Pair3 146 344 369  0.085 0.085 0.122  1.44
300 388 369 0125 0.085 0.180  1.44

Note: 14 runs were carried out in each bed for each condition listed.
Subscripts BM and T refer to bed material and tracer, respectively.

a given set of conditions, removing any offset associated with
the initial measured concentration for each run, and averag-
ing the whole set of profiles, to generate one “average” tracer
response profile for a given set of conditions. This average
profile, usually constructed using results from 14 individual
experiments, was then used in subsequent calculations of
solids downflow velocity.

In the similarity comparison, three “pairs” of scaled beds
were considered at the two scales, with tracer always added
at + =100 s. The bed materials and superficial gas velocities
were selected in accordance with the simplified scaling crite-
ria; Group B materials were used in all cases, although tracer
and bed material had somewhat different sphericities (¥ =1
and 0.86, respectively). Particle-size distributions for all bed
and tracer materials have been presented in Sanderson,
(2003). The conditions for which the solids downflow velocity
was measured are given in Table 3. Settled bed heights were
295 mm and 590 mm for the 146-mm and 300-mm beds, re-
spectively; scaled tracer quantities of 250 mL and 2,000 mL
were added to each bed per run. Although the minimum flu-
idization velocities of the tracers and bed materials should be
identical, this was not possible given the tracer materials
available, so the ratio of tracer U, , to bed material U,,, was
kept approximately the same.

The influence of tracer/bed material size mismatch on
solids downflow velocity was explored in separate experi-
ments (Sanderson, 2003); generally, U, ;s> U, 5 led to a
faster downflow velocity, and U, ;1 <U,, 5 led to a slower
downflow velocity and segregation in some cases. The effect
of the tracer addition on the overall bed hydrodynamics (given
the differences in U, ,, as well as particle shape and density)
were minimized by keeping the overall concentration of tracer
in the bed small during the experiments and replacing the
entire bed with fresh bed material frequently.

Results and discussion

Averaged transient tracer response profiles for the solids
downflow velocity are shown in Figures 11 and 12 for the
146-mm and 300-mm beds, respectively. (The profiles corre-
spond to the first two listings of Table 3.) The profiles have a
qualitatively similar appearance and the time-to-peak in the
larger scale system is somewhat longer than that for the
smaller system, as expected for scaled behavior (from the
scaling law, the time-scale is expected to increase by a factor

of Vm).

AIChE Journal



D
i=3

tpeak = 129 seconds

WMMW " Initial Average
{ ~ Final Average

wn
=3

wn
oo

ECT Measured Output (%)

.

AL
57+
0 100 200 300 400 500
Time (seconds)
Figure 11. Averaged tracer response profile for the

solids downflow velocity similarity experi-
ment in 146-mm bed (U5, = 0.039m/s).

The solids downflow velocity was calculated from the fol-
lowing equation

Ah Hv - He

= 6
s At tpeak - tadded ( )
where the settled bed height H, was used (somewhat arbi-
trarily) to account for the fact that the tracer deposited on
the bed surface does not sit “on” the surface, but sinks into it
immediately, presenting an even bed surface at t =100 s. Re-
sults for solids downflow velocity are shown in Table 4.

Also included are solids downflow velocities estimated us-
ing the correlations of Kunii and Levenspiel (1969) and
Baeyens and Geldart (1986). These were calculated using ap-
propriate estimates for the various “fractions,” based on the
recommendations accompanying each of the correlations.
(There is certainly some flexibility in the choice of these val-
ues, and different assumptions for B, B, €,, and Y will
affect the calculated result, of course. Ultimately, however,
the effect on U,, is small for all parameters except Y, and
this is likely to be constant for the conditions investigated
(Baeyens and Geldart, 1986).) Given the differences in the
approaches, it is expected that the Baeyens and Geldart cor-
relation will result in a higher solids downflow, since they are
assuming a greater proportion of each rising bubble is capa-
ble of solids transport.

As can be seen from Table 4, the agreement between the
measured downflow velocities and those predicted by the
correlations is approximate. According to the simplified scal-
ing laws, for a length scale change of m, the characteristic
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Figure 12. Averaged tracer response profile for the
solids downflow velocity similarity experi-
ment in 300-mm bed (U5, = 0.058 m/s).

velocity should scale by Vm , and this should apply to the
solids downflow velocities. For the bed diameters here,
Vm =1.43 and the ratios of the experimentally determined
U, for the first two cases are 1.26 and 1.64, respectively, so
the agreement is qualitative at best. The correlation results
scale a little better (and would scale perfectly if the “frac-
tions” estimated were exactly the same). In the last instance
listed (300-mm bed), no result could be obtained because
there was no peak in the response profile. Unfortunately, in
this case the tracer material was significantly smaller than the
bed material and segregation effects dominated.

The precision of the solids downflow velocity results was
limited because the ECT system responds to both bubbles
and tracer; the bubbles add an undesirable layer of “noise” to
the tracer response profiles. Based on our observations, the
use of a tracer with a higher dielectric constant would signifi-
cantly improve the success of this experimental technique, as
it would provide a stronger peak in the response profile. Also,
better matching of the particle and tracer properties may well
improve the results, as we have had to assume that particle
size, sphericity, and minor density differences between tracer
and bed material do not influence the results. (If the solids
mixing behavior is dominated by bubble activity and the
quantity of tracer added is insufficient to alter bubble charac-
teristics, then this assumption may be reasonable.)

Conclusions

Although it is some time since the hydrodynamic similarity
criteria for bubbling beds were first proposed, there has been
limited experimental evaluation of these criteria using solids

Table 4. Results for Solids Downflow Velocity in Scaled Beds, Compared with Predictions of Eq. 4* and Eq. 6**

Bed Dia. Uy (expt) Uy U, ™ Correlation Parameters
D (mm) (mm/s) (mm/s) (mm/s) &ps By Bar Y
Pair 1 146 5.0 2.5 5.0 0.03, 0.26, 0.42, 0.67
300 6.3 3.8 7.4 0.03, 0.25, 0.4, 0.67
Pair 2 146 39 2.9 6.0 0.04, 0.26, 0.42, 0.67
300 6.4 4.4 7.8 0.04, 0.23, 0.25, 0.67
Pair 3 146 7.3 5.6 10.0 0.06, 0.23, 0.35, 0.67
300 N/A 8.7 14.6 0.05, 0.23, 0.35, 0.67

*Kunii and Levenspiel (1969).
**Baeyens and Geldart (1986).
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motion studies. Evidence from various previous studies and
literature correlations tends to suggest that large, neutrally
buoyant particle motion and solids downflow velocity should
exhibit scaled behavior, and in this work we have tested the
simplified scaling laws by comparing the motion of large tracer
particles in one set of experiments and solids downflow veloc-
ity in another.

We found that our experimental approach to large-particle
circulation monitoring was a simple and effective method for
solids motion comparisons. The circulation of the large parti-
cles within the correctly scaled bubbling beds was consistent
with the scaling law across a wide range of bed diameters;
this has useful consequences for some fluidized-bed applica-
tions (such as combustors). The tracer particle circulation rate
was sensitive to both tracer particle size and bed material
selection, mismatching either of these resulted in poor agree-
ment. However, altering the tracer density within a limited
range (1,310 to 1,410 kg/m>) had no effect on the circulation
time distributions, implying that some flexibility is allowable
in selecting the relative density of the large tracer and the
bed emulsion (not to be confused with the solids-to-gas den-
sity ratio requirements of the similarity criteria that have been
matched throughout this study).

Our results for solids downflow velocity in the scaled beds
showed qualitative agreement with the simplified scaling law
and literature correlations. In these initial trials of a new
measurement technique for solids mixing, the precision of the
results was limited because the ECT system responds to both
bubbles and tracer; the bubbles add an undesirable layer of
“noise” to the tracer response profiles. We also found that
matching of the tracer and bed material fluidization proper-
ties was somewhat difficult. Based on our observations, the
use of a tracer with a higher dielectric constant, and a better
matching of the particle and tracer properties would signifi-
cantly improve the success of this experimental technique.
The application of this technique to “bubbleless” fluidization
may also be a worthwhile area of future work.
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Notation

d,, =Sauter mean diameter = l/Zj
1

d; =mean class diameter, um

D =bed diameter, mm, except Eq. 3; m
D, =large tracer particle diameter, mm
H, =settled bed height, mm
H, =ECT sensor electrode height, mm
L =characteristic length, m

m = characteristic length ratio (m = D,/D,)
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Tpeak =time to tracer concentration peak, s
f,qdeq =time tracer material was added, s
t =time, s
t* =dimensionless time
t,,, =large tracer particle monitoring time, s
U =superficial gas velocity, m/s
Uy =average measured bubble rise velocity from Lim and
Agarwal (1994), m/s
U, =rise velocity of bubbles in a swarm, from Kunii and
Levenspiel (1969), m/s
U,, =rise velocity of a single isolated bubble, from Kunii and
Levenspiel (1969), m/s
u,, » =minimum fluidization velocity, m/s
¢ =solids downflow velocity, mm/s
V; =relative volume of the ith sample
Y =proportion of excess gas traveling in the form of bubbles

Greek letters

B, = drift fraction
B,, =wake fraction
€, =visible bubble fraction
@ =particle sphericity
Pved(m ) = bed density at minimum fluidization, kg/m?
py =gas density, kg/m>
p, =solid density, kg/m®
p, =density of large tracer particle, kg/m?

Subscripts

1,2 =denotes bed scales
BM =bed material
T =tracer
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